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Simulation of FCC catalyst regeneration in a riser regenerator
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Abstract

A comprehensive one-dimensional model was developed in this work for the simulation of a riser regenerator. The model incorporates
the hydrodynamic characteristics of fluidized bed risers and the detailed reaction kinetics of FCC (fluid catalytic cracking) catalyst
regeneration and can be used to predict the axial profiles of temperature, oxygen concentration and coke content of the catalyst in the riser.
The validity of the present model was confirmed by the experimental data from a pilot demonstration unit. Based on the simulation, effects
of solids flow patterns and other parameters including gas velocity, spent and regenerated solids fluxes, temperatures of air and spent
catalysts as well as carbon content on the spent catalysts have been systematically examined. The simulation results have provided the
necessary information for the optimal design and operation of a FCC riser regenerator unit, presently in operation in China. © 1998

Elsevier Science S.A. All rights reserved.
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1. Introduction

Fluid catalytic cracking (FCC) is one of the key processes
in modern petroleum refining [1,2]. While it has evolved
significantly in the past 50 years, the technology is still far
from perfect. For example, FCC units are now facing many
challenges brought about by environmental regulations,
product quality demands and economics. One of the major
challenges to the refineries comes from the increasing use of
resid feed. High residual carbon (e.g. 1.1 wt.% or more) and
high metal content (e.g. more than 10 ppm Ni+V) would
severely restrict conversion in a typical heat-balanced FCC,
leading to rapid catalyst deactivation and extreme regen-
erator temperature. Therefore, ‘re-engineering’ of FCC
regenerators becomes very important and has been the focus
of many recent efforts in meeting the needs of using heavier
feeds. This is in parallel with the recent advances in FCC
reactor technology such as quick-contacting and once-
through cracking which may lead to breakthroughs in
FCC technology [3-6].

FCC regenerators have experienced many changes over
the years. These changes are aimed at higher combustion
efficiency, reduced pollutant emissions and reduced catalyst
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inventory. In general, fluid bed reactor efficiency can be
improved by operating at higher gas velocities [7,8]. One
particularly successful design is the ‘high-efficiency’ regen-
erator [1,2,9]. It uses two-stage combustion. The fast-burn-
ing hydrogen-rich components are first combusted at a lower
temperature in the first regenerator, which is usually located
at the bottom of the unit and operated in the turbulent
fluidized bed regime. More than 70 wt.% of the coke and
most of the hydrogen are burned at this first stage. The low
temperature (maximum 700°C) and incomplete burn-off of
carbon effectively limits catalyst deactivation due to steam-
ing generated from hydrogen combustion. From the first
stage regenerator, solids are entrained through a riser and an
inertial separator into the upper second regenerator, where
the slow-burning residual coke is combusted at a high
temperature (commonly above 800°C) in a dry environment
of excess air. This allows the coke to be burned clean with
minimal catalyst hydrothermal deactivation.

To further increase combustion efficiency and reduce
catalyst inventory, a riser catalyst regenerator has been
proposed (e.g. [10]). The concept is based on the consider-
able advantages of fluidized risers, including large capacity,
higher gas—solids contact efficiency, high heat/mass transfer
rates and low solids inventory. This technology carries
out the coke combustion in a riser operating in a typical
fast fluidization regime. A typical riser regenerator is
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Fig. 1. Schematic diagram of FCC reaction-regeneration system.

schematically illustrated in Fig. 1. Fresh air and spent
catalysts are mixed at the riser bottom and move upward
along the riser. The catalyst particles are separated from the
flue gas in a separator at the riser top. Part of the regenerated
catalyst is returned to the base of the riser regenerator to
maintain the riser regenerator temperature, and the rest is
recirculated to the riser reactor.

Engelhard Corporation [11] developed a circulating flui-
dized reactor model for the design and development of the
ART catalyst riser regenerator. A 10 m diameter commer-
cial ART CFB regenerator is reported to be in operation in
Kentucky. They found from the simulation that coke con-
tents of the feed catalyst, gas velocity and coke reactivity
significantly affect the regenerator performance, but the
effects of catalyst circulation rate, bed diameter and solids
mixing appear to be relatively minor. Because of the high
coke content (1.3-3.2 wt.%) in the ART process, the exis-
tence of a premix zone below the CFB regenerator and,
consequently high temperature (under most conditions
higher than 670°C in the bed entrance and up to 840°C
in the exit), they concluded that coke conversion should be

complete within a small vertical distance. However, this is
not the case considered here for a FCC catalyst regenerator
where regeneration temperature should be strictly con-
trolled under 750°C, since otherwise the catalyst will be
over burned and deactivated permanently.

For design and development of FCC catalyst riser regen-
erators, a one-dimensional model was developed in this
work. The model consists of sub-models for hydrodynamics
with adjustable solids mixing patterns and the detailed
reaction kinetics of catalyst regeneration. The simulation
has focused on understanding the regeneration performance
under different conditions and searching for the optimal
operating conditions. Various factors that might influence
the regeneration performance have been examined. Some
findings beneficial to the design and operation of FCC
catalyst riser regenerator are also reported.

2. Model development

The FCC catalyst riser regeneration model consists of two
major parts, the hydrodynamics in the riser and the kinetics
of FCC catalyst regeneration. In this work, the gas is treated
as plug flow, and the solids are assumed as either plug flow
or complete mixing flow. According to the catalyst regen-
eration characteristics, it is reasonably assumed that the
change in the molar flowrate of the gas during the regen-
eration reaction can be neglected. The specific heat capacity
of the catalyst is considered the same as the coke. Since the
pressure drop across the riser is low, the pressure in the
regenerator is taken as constant. Based on these assumptions
and the schematic shown in Fig. 1(a), the reaction model
and heat balance equations for solids flow in PF (plug flow)
mode and CSTR (complete stirred tank reactor) mode are
derived and summarized in Table 1. To solve these equa-
tions, one must provide the riser hydrodynamics for the
estimation of voidage and its axial distribution, the regen-
eration reaction kinetics as well as the initial conditions.

2.1. Hydrodynamics

The one-dimensional model developed by Bai et al.
[12,13], taking into account the solids acceleration section
in the riser entrance, is employed to estimate the voidage
and its axial variation along the riser. The model treats the

Table 1
Summary of PF and CSTR model equations
PF mode CSTR mode
Coke dCc/dx = —rcpy(1 — €)/Gs Ces — Ceout/Gss = (X0, = X0, ) 12P0Ugo/ (1 + 3)RTo
Hydrogen dCy, /dx = —rup,(1 — €)/G; Complete reaction
Oxygen dCo, /dx = —(rc/12+ 1/2ry/4)py(1 — €)/ U, dCo, /dx = —1/12p,(1 — €,)/U,
dxo, /dx = —(1e/12 + 1/2r/4)pp(1 - &)/ (Ugp/RT) dxo, /dx = —1/12py(1 - &)RT/pU,
Heat dT/dx = pp(1 — €)(rc AHc + ruAHzu) /U0 peocpg + GsCpe Ty = Gy Tscpe + Gorcpe Té + UgopcpeTa + AH [ Gyspe + GrCpe + Ugopepg
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gas and solids as two interpenetrating fluids and assumes
that the pressure drop is only due to the gas phase. Then, for
one-dimensional steady flow, the continuity equations
are

d(EPng) _

T o
d[(1 — E)Pp‘_/p] _

S0 @

and the momentum equations are

- 52
d(epgvg) dp

o - & — Fp — €pgg — Fy 3
d((1 = )ppVy) ,
TM:FD—(l—G)Ppg—FP )
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Taking into account the drag reduction due to solids aggre-
gation, the actual drag coefficient can be obtained by [13]

—121 0.11
CD — 1.68¢ —0.25 Ret ﬁ (6)
Cps Re, D

Cps stands for the standard drag coefficient of a single
particle in a uniform flow, and can be calculated by [14]

24 3.6
Cps = 0.4 (Re; > 2000)

The frictional shear forces of gas and solids against the wall,
F, and F),, can be expressed by

)
2fgpo€V
=y ®)
2
_prpp(l _E)Vp 9
=2 ©)
1.577 x 10°
ky = 2.44 x 103 -
H x 10 exp( RT )

RT

1.577 x 10°
ki = 2.44 x 108 exp (— —X) [1 —2.67 x 109 exp (—

where the gas friction coefficient, f,, can be estimated by

16
fo== (when Re < 2000)
Re 10)
0.079 (
fé = W (When Re > 2000)
o0-

and the solids phase friction coefficient, f,,, can be estimated
by the following empirical equation originally proposed by
Martin and Michaelides [15]

Gs 0.3
(1 +G—g) —1]fg an

fp:

2.2. Regeneration kinetics

Regeneration of spent catalyst is a very complicated
process involving both gas—solids reactions (e.g. carbon
burning and hydrogen burning) and gas phase reactions
(e.g. CO combustion). A general scheme of the reaction can
be expressed by [16]

B+0.5 ) I6]
CHiy, 3a )0 CO —CO
12+(ﬂ+1+04  — 3+ 2+ﬂ+1
+ 6aH,0 (12)

where « is the hydrogen to carbon mass ratio in the coke and
[ is the molar ratio of CO, to CO in the flue gas. In the case
of complete combustion regeneration, 5 = CO,/CO = oo,
the above reaction scheme becomes:

CHis, + (1 4+ 32)0, — CO; 4 6aH,0 (13)

It has been found that coke (CH;,,,) containing carbon and
hydrogen is generally combusted in two different steps,
carbon burning and hydrogen burning [17-19]. For carbon
burning, the reaction rate is dependent on the catalyst
properties but not on the materials from which coke forms.
For CRC-1 catalyst, a FCC catalyst widely used in China,
the burning rate has been given by Mo et al. [17,18]

~dCc
= kcpo,C 14
a4 =~ kepo,Ce (14)
where
1.612 x 10°
ke = 1.65 x 108 exp <— RT> (15)

For hydrogen combustion, the combustion rate for the CRC-
1 catalyst can be represented by [19]

dCq
—— =k C 16
a upo,Cu (16)
where
(T <973K)
(17)
7.34 x 10*
_ T > 973K
)| r>omx

It is seen from the above equations that the rate of hydrogen
combustion is about 2.5 times higher than that of carbon
combustion. In the reaction process, the ratio of hydrogen
(H) to carbon (C) is

= exp[—(kc — kH)POJ] (18)
2.3. Initial conditions
The PF mode shown in Table 1 consists of a set of

differential equations that can be solved by numerical
Runge—Kutta method. The boundary conditions (at x=0)
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Table 2
Comparison of coke combustion intensities between different regenerators
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One-stage regenerator

Two-stage regenerator

High-efficiency tank Riser regenerator

Coke combustion intensity (kg/t h)

~100

100~300

200~500 >1000

are given by

X
X0,

€
Cc
Cu

T

0
0.21
€a
GssCCs + GsrCC,out
Gy + Gy
aGssCCs + GsrCH,out
Gy + Gy ,
GsstcTs + GsGCch + Ug0pe0¢pe Ta

Gsscpc + Gsrcpc + UgOngCpg

(19)

Eq. (19) indicates that the contents of carbon and hydrogen
as well as temperature in the riser entrance are functions of
those at the riser outlet. Therefore, an iteration is performed
to solve the problem. The voidage in the bottom of the riser,
€, 18 calculated by the empirical correlation of Kwauk et al.
[20].

For CSTR flow mode (see Table 1) the boundary condi-
tion for the oxygen balance equation is the same as for PF
flow mode. In this case, the axial voidage profile predicted
by the one-dimensional model is integrated over the riser
height to obtain an average bed voidage, €,. This ensures the
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Fig. 2. Comparison between the predicted (solid line) and the measured (solid circle) carbon content and temperature for the Dagang industrial riser
regenerator.
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same amount of catalyst is included in the reactions in both
PF mode and CSTR mode, giving the same comparison base
for the two flow modes. Iterations are also needed to solve
the equations for the CSTR mode.

3. Simulation results and discussion

Table 2 summarizes the coke combustion intensities for
different regenerators [21]. It is seen that the riser regen-
erator has significant advantage over the others, with con-
siderable larger coke combustion intensity. This benefits
from the good contacting between gas and solids as well as
the high solids circulation that greatly increases the unit
capacity. Clearly, riser regenerators can achieve high com-
bustion efficiency and intensity with lower solids inventory.
This will significantly reduce the equipment cost and lead to
larger profits.

3.1. Validation of the model predictions

An industrial high-efficiency regenerator with a capacity
of 5x10* t/a is in operation in a refinery in Dagang on the
eastern coast of China. Below the second-stage turbulent
fluidized bed regenerator, there is a 8 m long riser, which
serves for catalyst premixing as well as regeneration. Sam-
ples of catalyst were withdrawn from three locations along
the riser, from which the carbon content on the catalyst was
analyzed. The temperatures in these locations were also
recorded. The superficial gas velocity at the riser entrance is
7 m/s, and the solids circulation rate inside the riser is
estimated as 214 kg/m”s from the carbon balance. Based
on the work of Bai et al. [22], the flow pattern in the riser
corresponding to the above operating condition is expected
to be in the transition region from fast fluidization to
pneumatic transport, suggesting a gas—solids flow pattern
similar to plug flow. A comparison between the predictions
by the PF flow model and the industrial data is given in
Fig. 2. Without introducing any equipment-adjustable para-

meters, a good agreement between model predictions and
experimental data is obtained. This confirms the validity of
the present model.

3.2. Axial profiles of C, H, O,, T and the influence of solids
mixing pattern

With the validation of the present model, computer
simulations were carried out with operating conditions
typically encountered in a refinery FCC riser regenerator.
When catalyst particles are assumed as plug flow, a typical
simulation result by the PF model is shown in Fig. 3. It is
seen that with the progress of regeneration reaction, the
contents of C and H on catalysts and O, concentration in
fuel gas continuously decrease and the temperature con-
tinuously increases along the riser. In the entrance region,
the high solids concentration, high C and H contents on the
catalyst and high O, concentration lead to high reaction
rates. Therefore, there are large axial variations in the
reactant concentrations and temperature. Up the riser, O,
is largely consumed. As well, solids concentration becomes
low and varies little along the axial position. This results in
low reaction rates and relatively small changes in the
reactant concentrations and temperature along the riser,
suggesting that the regeneration becomes more difficult
up the riser.

Fig. 4 shows the simulation results by the CSTR model.
Variation of O, is similar to that observed in the PF flow
model. Since solids are assumed to be completely mixed,
the carbon content (C) on the catalyst and the temperature
are uniform throughout the riser.

The carbon content on the catalyst at the riser exit, Cc our,
is plotted against the ratio of regenerated catalyst flowrate to
spent catalyst flowrate, a = G;/Gss, in Fig. 5 for gas velo-
cities of 3, 3.5 and 4 m/s. In general, the regeneration
performance for the PF model is better than for the CSTR
model at higher a. This trend reverses itself at lower a. To
explain this phenomenon, the axial profiles of carbon con-
tent and temperature for three values of a are illustrated in
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Fig. 3. Axial profiles of C¢, Cy, Co,, T and € predicted by the plug flow model for Uy,y=4 m/s, G4=40 kg/m? s and a=3.0.
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Fig. 5. Carbon contents (C¢) at the riser exit predicted by the PF model (dashed lines) and the CSTR model (solid lines).

Fig. 6. It is seen that when a is small (Fig. 6(a)), though the
initial carbon content for the PF mode is higher than for the
CSTR mode, the high temperature in the CSTR mode leads
to a significant higher reaction rate, so that Cc gy
(CSTR)<Ccou (PF). As a is increased (Fig. 6(b)), the
temperatures for the two flow modes become closer, espe-
cially in the entrance region. Further increasing a leads to a
considerable increase in temperature for the PF mode
(Fig. 6(c)), so that the PF mode gives better regeneration
performance than the CSTR mode, i.e. Cc oy (CSTR)>
Cc.out (PF). The above findings imply that to improve the
regeneration performance attempts should be made to have
the riser regenerator operated close to the CSTR mode when

«vis small, otherwise, a plug flow would be preferable. In the
following sections, discussions on the influencing factors
will be mainly based on the simulation results by the PF
model.

3.3. Influence of superficial gas velocity

Changing the superficial gas velocity affect the regenera-
tion performance in the following three manners: (1) it leads
to the variation of oxygen concentration; (2) it changes the
reaction temperature since the flowing gas takes away heat;
and (3) it causes changes in solids inventory and the gas and
solids residence times, both depending on the gas velocity.
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Fig. 6. Axial profiles of Cc and T predicted by the PF model and the CSTR model for (a) a=1.5, (b) a=3.0 and (c) a=5.0.

Since the gas velocity at the riser entrance also changes with
the temperature of the regenerated catalyst (i.e. the tem-
perature at the exit), some other factors such as the solids
circulation rate will also influence the regeneration through
the resulting variation in gas velocity. For correct compar-
ison, the gas velocity presented in this paper is the velocity
under standard conditions. This standard gas velocity is then
changed to its appropriate value by applying ideal gas law in
the simulations.

Fig. 7 shows the carbon content, oxygen concentration
and temperature at the riser exit as a function of gas velocity.

It is found that for both the PF and the CSTR modes, low gas
velocity often denotes a high value of Cc e due to the
insufficient oxygen to completely combust the carbon.
Although increasing gas velocity would lower the solids
inventory and shorten the solids residence time, both nega-
tive effects on the regeneration performance, the increased
oxygen supply due to increased gas velocity over-compen-
sates these negative effects and further improves the regen-
eration, which leads to decreased Cc oy (see also Fig. 4).
However, when the gas velocity is too high, the entrance
temperature would drop to a significantly low value such
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Fig. 7. Influence of gas velocity on Cc, Co,, and T at the riser exit (G4=50 kg/m2 s, Ccs=1.25%, a=0.087, T,=40°C, T,;=490°C, p=253.25 Pa and a=3.0).

that the regenerator can no longer be operational (at ~6.8
m/s for the case shown in Fig. 7). This is referred to as
quenching. As a compromise, the preferable oxygen con-
centration at the riser exit should be in the range of 2—
4 mol% in order to maintain a good operation and to obtain
lower Cc oy Fig. 7 also shows that the influence of the
superficial velocity on riser regeneration is similar for both
the PF and the CSTR modes.

3.4. Influence of spent catalyst circulation rate, G

The influence of spent catalyst circulation rate, G, on the
regeneration performance is shown in Fig. 8 for a given gas
velocity (Uyp=>5 m/s) and a constant catalyst recirculation
ratio (a=3). In general, increasing the spent catalyst feed
rate without correspondingly increasing the air flowrate
would increase the carbon content on the regenerated
catalyst due to the relatively reduced oxygen supply.
Besides this, increasing Gy would, on one hand, benefit
the regeneration due to the corresponding increase in the
amount of carbon, which increases the riser temperature

given the increased reaction heat produced. On the other
hand, the temperature in the entrance region of the regen-
erator will be lowered with increasing Gy due to the
decreased riser exit (and, therefore, recirculated) catalyst
temperature. This in turn slows down the regeneration
reactions. Competition between the above factors will
finally determine how the regeneration performance will
vary with Gg. For the conditions indicated in Fig. 8, when
G, is increased from 30 to 40 kg/mzs (curves A and B), the
heat produced due to the accelerated reactions predominates
over the decrease in exit temperature, resulting in a slight
increase in temperature. However, the limited oxygen sup-
plied by the fixed gas flowrate cannot meet the demand for
reaction with more carbon and hydrogen so that the carbon
content at the riser exit increases with increasing Gi.
Further increasing G, to 50 kg/m?s (curve C), a large drop
in temperature is seen, which greatly slows down the
regeneration. As a result, carbon and hydrogen contents
at the riser exit increase significantly. A slight increase in
oxygen concentration is also observed due to the extremely
low reactivity.
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3.5. Influence of the recirculation ratio, a

The influence of the recycled (regenerated) to spent
catalyst flowrate ratio, defined by a = Gy /G, on the
regenerator performance has been shown in Fig. 9. One
can clearly see that the carbon content on the catalyst at the
riser exit always decreases with increasing a. This is mainly
benefited from the increase in the temperature as a is
increased. Simulation indicates that the influence of a
becomes insignificant when a is relatively large since in

this case the temperature of the entrance approaches that of
the exit, as shown in Fig. 6. Note that the increase in a
reduces the combustion intensity of the regenerator, and is
sometimes limited by the unit capacity. Therefore, an
optimal value of a is recommended in practical operation.

3.6. Influence of carbon content on the spent catalyst, Ccg

Simulation results for Cc=0.8 wt.% (curve A) and
1.2 wt.% (curve B) are compared in Fig. 10. Clearly, lower
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Fig. 10. Axial profiles of carbon content, oxygen concentration and temperature for Cc=0.8 wt.% (curve A) and Cee=1.2 wt.% (curve B) (Uyo=6 m/s,
Gs=40 kg/m® s, a=3.0, Co, ,our=3.0%, a=0.087, T,=40°C, T,=490°C and p=253.25 Pa).

carbon content on catalysts is observed as Cc; is increased.
This is because higher carbon content on the spent catalyst
increases the carbon concentration in the riser entrance
and thus stimulates the regeneration reactions, eventually
giving rise in temperature which in turn accelerates
the reactions. However, it should be pointed out that Cc
cannot be increased indefinitely since the produced heat
will raise the riser temperature to such an extent that the
catalyst would be severely deactivated due to steaming. This
can be a severe limitation to riser regeneration. To over-

come this, novel riser regenerator technologies such as
multi-air supplies and a two-staged riser [23,24] have
been proposed to meet the special demands for heavy oil
processing.

3.7. Influence of air and spent catalyst temperatures
As shown in Figs. 11 and 12, there is a minimum

temperature below which the regeneration reactions will
quench due to extremely low temperature. The magnitude
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Fig. 11. Influence of air temperature (G4=40 kg/m2 s, a=2.0, Cce=1.25%, a=0.087, T,=490°C and p=253.25 Pa).
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Fig. 12. Influence of spent catalyst temperature (Gs=40 kg/m2 s, a=3.0, Cc,=1.25%, a=0.087, T,=40°C and p=253.25 Pa).

of this minimum temperature depends on the operating
conditions. Above this temperature, the carbon content at
the riser exit decreases only slightly with increasing the
temperature of the air and/or the spent catalyst.

4. Conclusions
A one-dimensional model is developed in this work to

study the regeneration performance of a novel riser regen-
erator. The model incorporated comprehensive hydrody-

namics in circulating fluidized bed risers and the kinetic
characteristics of FCC catalyst regeneration. Initial simula-
tions have been validated by the data obtained from an
industrial unit. Axial profiles of temperature, oxygen con-
centration and coke content on catalyst particles are pre-
dicted for different operating conditions. Simulation results
indicate that FCC catalyst regeneration is a very complex
process and many factors (solids mixing pattern, gas velo-
city, catalyst circulation rate, the regenerated catalyst
recycle ratio, air and spent catalyst temperatures, as well
as carbon content on the spent catalyst) influence the
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regeneration performance. Generally speaking, temperature
plays a very important role in regeneration. It is preferable to
maintain a temperature that gives high enough reaction rates
and thus lower carbon content on regenerated catalysts.
Caution should be made not to operate the regenerator at
such a low temperature that it begins to quench the reaction
or at such a high temperature that the FCC catalyst becomes
deactivated due to steaming generated from hydrogen com-
bustion.
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Appendix
Nomenclature

a ratio of recycled to spent catalyst flowrates
(=G/Gs)

Cc  carbon content on catalyst (wt.%)

Ccs carbon content on spent catalyst (wt.%)

Cp drag coefficient

Cps standard drag coefficient

Cy hydrogen content on catalyst (wt.%)

Co, oxygen concentration (kmol/mB)

cpg  specific heat capacity of gas (kl/kg °C)

cpe  specific heat capacity of catalyst (kJ/kg °C)

D riser diameter (m)

d,  mean diameter of catalyst particles (m)

Fp  drag force between gas and particles (N)

F,  friction force between gas and wall (N)

F, friction force between solids and wall (N)

fe  friction coefficient between gas and wall

o friction coefficient between solids and wall

G,  gas flowrate (kg/m” s)

G, total catalyst flowrate (=Gg+Gg, based on the
cross-sectional area of riser) (kg/rn2 s)

G, recycled catalyst flowrate (based on the cross-
sectional area of riser) (kg/m2 s)

G, spent catalyst flowrate (based on the cross-sectional
area of riser) (kg/m2 S)

ke carbon combustion reaction constant (1/kPa min)

ky  hydrogen combustion reaction constant (1/kPa min)

p pressure (kPa)

po, partial pressure of oxygen (kPa)

R ideal gas constant (R=8.314 kJ/kmol K)

Re Reynolds number defined by
Re = d,Uyp,/pp or Re = DUgpy /10

Re,  Reynolds number defined by

Re; = dp(Vy — Vp)pe/ 1
Re, Reynolds number defined by Re; = dpvrpg /1

rc carbon combustion rate (kg/kg-cat s)

rg  hydrogen combustion rate (kg/kg-cat s)

T temperature (°C)

T,  air entrance temperature (°C)

T, temperature of regenerated catalyst at the entrance
O

é temperature of regenerated catalyst at the exit (°C)

Ts  temperature of spent catalyst (°C)

t time (s)

U, superficial gas velocity (m/s)

V,  cross-sectionally averaged actual gas velocity (m/s)

Vp  cross-sectionally averaged actual solids velocity
(m/s)

vr  terminal velocity of a single particle (m/s)

X axial coordinate (m)

Xxo, mole fraction of oxygen

Greek letters

o mass ratio of hydrogen to carbon in coke

164 mole ratio of CO, to CO in the flue gas
AHc  entropy due to carbon combustion (kJ/kg)
AHy  entropy due to hydrogen combustion (kJ/kg)

€ cross-section average voidage
€a cross-section average voidage at riser entrance
€y average voidage over the whole riser

Pe gas density (kg/m®)
Pp particle density (kg/m>)
m gas viscosity (Pa s)

Subscript
0 standard condition (273 K and 101.3 kPa)

out exit
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